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The viability of a new electrolyte was demonstrated in the bench-scale electrochemi-
cal removal of SO, from flue-gas streams at high temperatures. At current densities up
to 20 A/m?, approximately 99% current efficiency was achieved when removing 90%
of inlet SO, at 480°C. As current densities increased to 100 A/m?, current efficiencies
were 64% at 480°C and 73% at 520°C. While species present in this K,50,/V,0;
molten salt are not well understood, a simple mechanism was used to develop a model
to describe the observed remouval results. This model was then used to predict prelimi-
nary economic viability of this system based on known electrochemical technology.

Introduction

Pollution control has become increasingly stringent with
the passage of the Clean Air Act Amendments (40 CFR 61,
1991) by the U.S. Congress in 1990. Included in the pollu-
tants being regulated are sulfur oxides (SO,), produced pri-
marily in coal-burning power plants. Coal-burning power
plants produce approximately 55% of current U.S. power
(Smith, 1997), and, with 274-billion-ton estimated recover-
able U.S. coal reserves (Bronskowski, 1997), coal will con-
tinue to play a prominent role in U.S. power generation.

First-generation postcombustion techniques for removal of
SO, from flue gases generally use a chemically reacting slurry,
forming a sludge that must be handled by landfili or through
reclamation processes. Second-generation processes such as
the SNOX and NOXSO systems are equipment intensive and
include complex controls with vapor—liquid separations. Al-
though a salable byproduct, sulfuric acid, is produced by these
processes, they have not yet been fully implemented (Borio
and Kingston, 1992).

A bench-scale electrochemical-membrane removal system
has been developed. It would selectively remove (Winnick,
1990) the dilute SO5, about 3,000 ppm in a 500 MW power
plant burning 3.5% S sulfur coal, from the gas stream at flue-
gas temperatures, without heating or cooling cycles. Figure 1
shows conceptual implementation of this system in a coal-
burning power plant. Similar in design to the molten carbon-
ate fuel cell (MCFC) shown in Figure 2, this one-step process
would also produce, as a result of this selective removal, SO,
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which can be used in the production of a high-purity salable
sulfuric acid.

Background

Townley (Townley and Winnick, 1981, 1983; Townley, 1981)
first described an electrochemical membrane removal system
that used an entrained (Li, K, Na),SO, electrolyte [m.p. 513°C
(Lovering and Gale, 1983)] at 550°C. The process used an
overall cathodic reaction of
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Figure 1. Conceptual implementation of electrochemi-
cal removal cell in coal-burning power plant.
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Current flow

Figure 2. Commercial MCFC with cutaway showing gas flow channels with electrodes and membrane.

SO, +0,+2¢~ —S0,’ ", ')

where the SO, in the flue gas was reacted at a porous cath-
ode electrode along with oxygen to form sulfate in the molten
ternary salt. The flux of SO,, Ny, , is directly related to the
current density, i, by the stoichiometric relation

i

Neo ===
SO, 2F

)

The sulfate was then transported by the electric field through
the molten salt to the porous anode electrode where the oxi-
dation was found to be

1
SO,*” —2e +50,+80;, (3)

producing a high-purity oleum. The overall membrane re-
moval process is shown in Figure 3. Townley and Wilemski
and coworkers (1979) both showed mass transfer was limited
by bulk film diffusion of the dilute species to the porous elec-
trode; transport in the pores of the electrode and through the
membrane contributed negligible resistance. However, Town-
ley’s system operated at temperatures (550~600°C) far above
flue gas temperatures (350-450°C), detrimental to the eco-
nomics of the system.

Scott (Scott et al.,, 1988; Scott, 1985) attacked this eco-
nomic limitation by identifying a new molten salt, a mixture
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Figure 3. Electrochemical concentration cell describing desired overall reactions.
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of pyrosulfate (K,S,0,) and vanadium pentoxide (V,Os).
Potassium pyrosulfate has a melting point of 412°C (Hansen
et al, 1982) which can be further depressed with V,Os.
Franke (Franke and Winnick, 1987, 1989) deciphered the re-
actions with this melt, showing

. 1
(8O3 +05)ihode = (503 + EOZ) 4)

anode

as the overall reaction, with vanadia playing a significant role.
With pyrosulfate, the primary reduction was of the bulk pyro-
sulfate

25,0, +2¢~ - S0, +350,27, )

resulting in the production of SO,. Sulfur dioxide was oxi-
dized to SO, by the oxygen present in flue-gas streams, cat-
alyzed by the V,Oy present. This SO, combines with SO,>~
to reform pyrosulfate

SO, +S0,°” - S$,0,7". (6)

Franke (1988) also showed the presence of a reduction in-
volving vanadia

[K,0-V,04-4S0;] +2¢~ - [K,0- V,0,-350,1+S0,%",
@)

although this was not found to affect performance. Franke
(1988) and Barzova (Barzova et al., 1971) also described two
equilibria in vanadia/pyrosulfate as

1
[K;0V,0,:350,]+ 50, = [K,0 V,05-280,]+50; (8)

and
[K,0-V.0,-280,]1+280; =[K,0:V,0,:450,], (9)

respectively.

McHenry (McHenry and Winnick, 1994) utilized the sys-
tem description of Franke and identified stable electrode and
support components: lithiated nickel oxide (Li,Ni,O) elec-
trodes and a Si;N, membrane matrix used to support the
molten salt. He also initiated use of a preoxidation reactor,
oxidizing most SO, in the gas stream to SO, prior to expo-
sure to the electrochemical system, improving performance
by decreasing in-cell vanadia requirements. Using the gas ex-
iting the preoxidation reactor, the overall cathodic reaction
in the electrochemical cell became

1
SO, + 50, +2¢” -S0,°". (10)
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As current densities were increased toward economically vi-
able levels of 250 A/m?, the new phenomena of SO, genera-
tion at the cathode was observed.

Experimental verification of inlet and outlet gases led to
the conclusion that this SO, was being generated within the
cell, and only with the application of current; when current
was removed, SO, removal and SO, generation ceased. In
the removal mechanism of Reaction 5, the reduction of pyro-
sulfate will produce SO,. If this electrochemically generated
SO, is not converted by the vanadium present to SO, the
removal mechanism is disrupted, resulting in SO, evolution
at the cathode. In addition, because this generated SO, is
not oxidized to SO,, regeneration of pyrosulfate from the
combination of sulfate and sulfur trioxide, Reaction 6 will
not occur increasing sulfate content at the cathode. As sul-
fate has a limited solubility of about 4 mol % in pyrosulfate
at 412°C (Hansen et al., 1982), electrolyte freezing can poten-
tially exacerbate this problem.

In sulfate melts like that of Townley, removal via an oxide
mechanism has been shown by other authors (Salzano and
Newman, 1972; Park and Rapp, 1986; Johnson and Laitinen,
1963). The mechanism proposed by these authors was sim-
pler than that of the pyrosulfate system; generally a “direct”
reduction of SO, was observed, considered to be due to an
oxide mechanism. Oxygen was first reduced

1
502427 >0 (11)

The oxide produced electrochemically then combines with
SO,

SO, +02" -»S0,./", (12)

yielding an overall reaction identical to Reaction 10. This re-
action sequence is not as complex as the removal mechanism
found in pyrosulfate-based molten salts, and is advantageous
for that reason; however, the high melting point of pure sul-
fates limits this use.

A new molten sulfate mixture is explored in this work,
which is a 55 mol % K,SO,/45 mol % V,0; sulfate eutectic.
This mixture was identified by Boreskov (Boreskov et al.,
1954) and Hahle (Hahle and Meisel, 1971) to have a melting
point of 430°C and 455°C, respectively, and might offer the
advantage of a simple removal mechanism found in other
molten sulfates. As no known studies of the constituents of
this melt have been reported, the chemistry of the systems
presented above was used to provide some insight to this new
melt. The new molten salt was tested in this electrochemical
removal system to determine its effect on SO, generation as
well as its effectiveness in SO, transport.

Experiments

Bench-scale studies (full cell) were conducted using two
identical S§316 housings. Each cylindrical housing had milled
into it an inlet and outlet flow channel, which allowed gas to
flow over a circular electrode well. The flow channel in each

housing had a cross-sectional flow area of 0.12x10~* m?,

contacting a superficial electrode area of 20x107* m?2

Porous gas diffusion electrodes were placed into the elec-
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Figure 4. Bench-scale housing used in full-cell testing
of electrochemical membrane removal sys-
tem.

trode well in each housing, and the housings were sand-
wiched together with the electrochemical molten salt mem-
brane sandwiched in between. This configuration is displayed
in Figure 4.

The electrodes were required to be conductive at high tem-
peratures, as well as chemically and electrochemically inert.
Their porous nature allowed intimate contact, high interfa-
cial surface area, between the electrode, gas, and electrolyte,
necessary for electrochemical removal, placing mass-transfer
limitations in bulk film diffusion to the electrode surface as
previously discussed. Both the cathode and anode porous
gas-diffusion electrodes in these experiments were lithiated
nickel oxide (Li,Ni O) (McHenry and Winnick, 1994). A
0.001-m-thick 86% porous nickel Fibrex sheet (National
Standard) was cut to a cylinder of 0.051 m diameter, provid-
ing an area of 20X 10™* m?, and soaked in 1 M LiOH solu-
tion for 20 min. It was then simultaneously lithiated and oxi-
dized in air at 600°C for 24 h, resulting in a black, conductive
electrode with room-temperature point resistance consist-
ently between 0.3 and 1.2 Q.

The electrochemical molten-salt membrane consisted of
two parts: a supporting porous ceramic matrix and the
K,S0,/V,0, molten salt. The ceramic matrix supported and
stabilized the molten salt at operating temperatures and insu-
lated the cathode from the anode. In addition, the molten
salt entrained in the porous ceramic structure formed a wet
seal between the cathode and anode sides of the cell, as well
as an external wet seal. Phillips Petroleum SN-P SizN,
(courtesy Lyle Kallenbach, Phillips Petroleum) was the ce-
ramic used, as it was found to be stable in this corrosive envi-
ronment. The membrane used in these experiments was
formed by hot pressing 1.00 kg 55 mol % K,S0,/45 mol %
V,0; with every 1.07 kg Si;N, to form a cylindrical mem-
brane of 0.18 X 10”2 m thickness and area of 45.6 X 10 ™% m?.
This membrane, after cooling, was incorporated directly as
shown into the cell when assembled.

The entire full-cell assembly was placed into a custom fur-
nace in which temperature was controlled to +2°C by a Bar-
ber-Coleman controller with double-pole relay. A custom
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blend (Matheson) of 3000 ppm SO,/3.0% O,/N, was used,
as well as N, high-purity gas (Air Products). Other contami-
nant gases such as HCl were not tested; CO,, H,0, and NO,
(N,O, NO, and NO,) have been found to pass through un-
changed (Scott et al, 1988; Townley and Winnick, 1981;
McHenry and Winnick, 1994). SO, was therefore the gas of
interest for this study. Gas flow rate was controlled by Math-
eson 600, 601 and 602 flowmeters, and cathode and anode
gases were separately regulated. SO, measurement was per-
formed by sampling known gas volumes in conjunction with
ion chromatography (Driscoll, 1974). SO, levels were deter-
mined by HP5840A GC with FPD detection. SO; was deter-
mined by the difference.

Gases to the cathode were first passed through a preoxida-
tion reactor, loaded with Haldor-Topsoe VK-38 sulfuric acid
catalyst, at a controlled temperature and of sufficient size to
oxidize all SO, to SO, using available oxygen. At all flow
rates used, except for 2,000 10~° m?/min, SO, bypass was
undetectable. In these initial bench-scale studies, particulates
were not introduced. However, the catalyst bed will act as an
efficient particulate scrubber (Eggerstedt, 1995; Haas and
Olivo, 1994).

Power to the membrane was controlled galvanostatically by
a PAR EG&G 371 Potentiostat /Galvanostat. Potentials were
monitored by Simpson 460 series multimeters, and ohmic po-
larization was measured via current interrupt method while it
is monitored by a Tecktronix 5111A analog storage oscillo-
scope.

Results

The primary purpose of this study was the bench-scale ver-
ification of SO, removal using this new system. The data pre-
sented here first show the results of the SO, generation anal-
ysis, followed by process stream SO,, removal results. All tests
were performed with gaseous inlet streams composed of only
SO,, O,, and N,.

S0, generation

Because SO, generation was a problem with a pyrosulfate
electrolyte, levels were monitored with current application at
both 480°C and 520°C. Figure 5 shows the results with ap-
plied current at 480°C for a flow rate of 540x10~® m*/min
and at 520°C for a flow rate of 2,000 10 ¢ m*/min. Genera-
tion was calculated as the difference between outlet SO, and
inlet SO,. At 480°C, the rate of generation was reduced to
approximately 30% of that previously (McHenry and Win-
nick, 1994) observed with a pyrosulfate mechanism. SO, gen-
eration was observed to virtually disappear at 520°C, with ob-
served SO, levels attributed solely to the unoxidized portion
passing through the preoxidation reactor at the highest flow
rate. Because these generation levels at 480°C and 520°C were
so far below that observed using a pyrosulfate electrolyte, it
was apparent that the SO, production mechanism prevalent
in pyrosulfate was virtually eliminated. Studies therefore con-
centrated on total SO, removal only.

SO, removal

Total SO, removal was generally tested under two condi-
tions. The first was with no current applied; the second was
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Figure 5. Cathodic SO, generation in fuli-cell testing at
480°C and 540x 10~% m3/min, and 520°C and
2,000 10 % m3/min.

Applied current was calculated as the difference between
measured outlet and inlet SO,; line denotes trend.

with a 90% stoichiometric current density, calculated as

(Volumetric flow rate)  Pgq,

A RT

§

foge, = 90% X X nF (13)

and based on the superficial electrode area, A,. Trials were
repeated, resulting in replication at 100 A/m? and multiple-
zero current points for other trials.

Figure 6 shows a typical cathodic response of the system to
current application. The lines in these figures are discussed
in the next section. These data represent steady state as de-
termined by no change in removal levels over a period of 2 h.
It is apparent that some removal is occurring without cur-
rent; this indicates that some chemical mechanism is func-
tioning. Also important, the application of current enhances
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Figure 6. Experimental removal and current efficiency at
90 x 10 ¢ m*/min and 480°C.
Lines are calculated using Eqs. 23 and 24.
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the removal, and removal with 90% stoichiometric current
application does reach 90%. Efficiency at 20 A/m? applied
current density was calculated using

Observed removal
(%) =

Predicted stoichiometric removal for applied current

x100% (14)

as 102+5%.

This zero-current removal is a combination of Reactions 8
and 9 presented in the Background section. With some V,0,
present in the melt, and under and SO, and O, atmosphere
at the cathode, without current, the reaction proceeds as

1
[K,0-V;0,:350;1+50; + >0, = [K;0- V054305 ).
15)

At the anode, because the purge was pure N,, this reaction
was reversed, resulting in removal and production under
zero-current conditions. The processes occurring at the an-
ode were not fully investigated because the cathode was the
primary focus of this study.

Steady-state cathodic removal with the application of 90%
stoichiometric current was graphed with respect to the ap-
plied current and the corresponding flow rate. Figure 7 shows
that at low current densities, approximately stoichiometric
removal was achieved. Because current density increased to
100 A/m?, total SO, removal percentages decreased. Cur-
rent efficiencies decreased to 67% and removal to 64%
at 100 A/m® from 102% efficiency and 91% removal at
20 A/m?. The cell exhibited total electrochemical cell over-
potential of 0.9 V at 100 A/m?, where overpotential is calcu-
lated by

n= Etotal —iR, 16)

where 7 is the overpotential, indicative of the required en-
ergy for the system, E,, is the total cell potential measured
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Figure 7. Experimental removal and current efficiency
for a 90% stoichiometric current-varying flow
rate.

Lines are calculated using Eqgs. 23 and 24.
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by voltmeter, and iR represents the ohmic or inherent re-
sistance of the cell, a quantity that can be controlled by re-
ducing membrane thickness and external wiring resistances.
Additional details of polarization results are found elsewhere
(Schmidt et al., 1997b).

To better quantify this response, a simplified model was
developed that would describe the SO, removal process oc-
curring at the cathode, with and without applied current.

SO, Removal Modeling

The first step in the modeling process was to describe the
removal mechanism. Removal of SO, from the cathode gas
stream was the only process considered. For this, a direct
oxide mechanism was assumed to exist. Although the actual
process involves more complex chemical species (Schmidt et
al., 1997a), this would allow the main removal sequence to be
represented by

SO, (g) + 0% (1) » SO, (), %)

with oxide production from current occurring according to
1
EOZ+2e‘—+OZ’. (18)

The oxide shown in this reaction corresponds neither to the
[K,0-V,0,-250,] nor [K,0-V,0,-350,] previously pre-
sented, and sulfate is also probably not the exact transport
species in this complex system. However, since exact species
were not known in this melt, it was assumed that this might
suffice in this first modeling attempt, as the overall removal
mechanism developed previously was based on an effective
oxide mechanism.

Based on Reaction 17, the rate equation for the chemical
removal of SO, is

rso,= ki PE3 10> 17 (19)

where rgo, is the flux of SO;, &, is the rate constant, and m;
is the reaction order. The surface concentration of oxide in
the system was unknown, and needed to be evaluated for suc-
cessful implementation of the model.

A mass balance was performed around the system in terms
of the differential rate of surface oxide production. Surface
oxide produced with current according to Reaction 18 was
written stoichiometrically as i/nF. This oxide disappeared ei-
ther in the reaction desired, previously shown as —rgq , OF
through some other reaction of the oxide (reaction with other
chemical species, migration from the cathode surface to the
anode), which was written as — k, [0~ ]”:. Finally, some
zero-current removal of SO, was observed at the cathode.
Reaction 15 suggested that this removal mechanism was de-
pendent on the partial pressure of O, at the cathode. Assum-
ing this oxygen involvement is the limiting factor in the rate
of zero-current removal, and that the effective surface oxide
production was the result of this oxygen involvement, the rate
of oxide production was directly linked to the partial pres-
sure of oxygen as k; p&’. Combination of all these terms at
steady state led to the equation
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=k [0 1™ + ks PSS, (20)

At these high temperatures, kinetic rates are high. For this
reason and the fact that only limited data were available, all
rates were assumed to be first order, setting all m, = 1. This
reaction order would be indicative of a mass-transfer-con-
trolled system, where apparent reaction rates are controlled
by transport.

Rearrangement of Eq. 20 led to an explicit solution for the
surface oxide concentration

i
— +k,P,
nF O,

OZ
[ 1= k) Pgq, +k,’

D

which could then be substituted back into Eq. 19 to solve for
the rate of removal of SO, from the process gas

i
— + kP
nF 30

so, = k1850, m

(22)

Equation 22 shows that at zero current, SO, removal is
due solely to the presence of oxygen. As currents become
high, the current accounts for a greater proportion of the
total oxide production. In addition, if there are no losses,
removal is linear with applied current density at a given tem-
perature and oxygen partial pressure. Equation 22 can be re-
arranged to only involve two parameters: (k,/k;) and k5

7 +kaPo,

T'so, = (kz) 1
k PSO;

Separation of k, and k; would require additional inde-
pendent oxide or oxygen data for this particular system; these
data were not available, and only one oxygen partial pressure
was used throughout these experiments, precluding such an
analysis. With two parameters, two data were required to fit
the expression.

The model predicts that at high flow rates with no current
for a given inlet partial pressure of SO, and O,, the removal
rate will be higher than that for lower flow rates, but the
percentage removal will be lower at the high flow rates. In
addition, the model suggests greater than 100% current effi-
ciencies may be possible due to the chemical removal mecha-
nism.

A logarithmic-mean concentration average was used to
represent the concentration in the bulk stream. All flows were
at N, <100, and the assumption was made that Ng, was
constant over the experimental Ny, range. Using experimen-
tal data for inlet and outlet concentrations, and knowing the
flow rate through the system, the partial pressure of SO; at
the reaction interface was estimated by

(23)
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PSO3,surface ) (24)

Fso, =km(CSO3,bulk - RT

where k,, is the mass-transfer coefficient and could be corre-
lated from independent gas-phase correlation (Incropera and
DeWitt, 1985), and R and T have their usual significance.
The limit due to film mass transfer was calculated based on
Ng;, = 5.1 in this square channel laminar flow geometry. Two
data at the same temperature allowed explicit evaluation of
the constants k; and (k,/k,). Because high flow rates and
current densities are likely in full-scale systems, the combina-
tion of points yielding the least error between prediction and
observed values at 100 A/m?, and the lowest relative overall
error were chosen. At 480°C, k5= 5.3Xx107° mol/atm/m?/s
and (k,/k;)=0.00173 atm were found to meet these two cri-
teria.

The model predicts removal at zero currents, and that this
removal, as a percentage, will decrease as flow rate increases,
as the system is limited by the chemical removal mechanism.
Applied current level increases become important at high flow
rates, as the contributions of gas-phase mass transfer and
competing reactions increase substantially.

These values were substituted into Eq. 23, and both re-
moval efficiency and percentage removal were predicted for
bench-scale flow rates of 90X 10~% m?/min (Figure 6), 120x
10~ m*/min (Figure 8), 232x10~% m*/min (Figure 9), and
540%x107% m*/min (Figure 10) at 480°C. These figures show
the prediction to be extremely accurate at the higher flow
rates, suffering substantially only at the 90X 107% m®/min
flow rate. The model accurately predicted removal levels with
90% applied stoichiometric current density over the range of
tested flow rates (Figure 7).

At 520°C, only one set of data was taken at 540%x10~¢
m>/min. To use the model at this new temperature, an as-
sumption was required, as two points need be used to deter-
mine the two parameters at each temperature. Following from
the discussion that the reaction orders and rates were con-
trolled by diffusion in the melt, and assuming that the change
in the rate constants with temperature would be identical,
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the ratio of the two rate constants (k,/k,) would remain al-
most constant over the 40°C temperature increase. With this
assumption, at 520°C, k,=9.5x10"* mol/atm/m?/s was
found to best fit the data.

Figure 11 presents a comparison of the data and model
prediction at 480°C and 520°C. Again, the model predicted
removal well within the maximum error shown. The increase
in removal with temperature may have resulted from faster
transport. The higher temperature may also improve the con-
ductivity of the electrolyte. Near the eutectic melting point,
very small changes in local concentration may result in elec-
trolyte solidification; at a higher temperature this will not be
as likely to occur.

Preliminary Economics

To determine the economic viability of this system in com-
parison to other systems, a preliminary economic analysis was
performed similar to that presented by Franke (Franke and
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Figure 11. Experimental removal and current efficiency
for 540X 10 m3/min at 480°C and 520°C.

Lines are calculated using Eqs. 23 and 24.

Winnick, 1989) and McHenry (McHenry, 1992). Extended de-
tails of these calculations are found elsewhere (Schmidt,
1997).

We first assume that the economics and design of a similar
electrochemical system, the MCFC, are applicable to a full-
scale electrochemical membrane system. Based on an MCFC
with 36 m? superficial surface area, the costs described by
Appleby (Appleby and Foulkes, 1989) were applied on a per
area basis.

The primary design parameter was the size of the gas-flow
system to ensure optimization of SO, transport to the mem-
brane for the separation. This parameter was balanced by the
need for a low pressure drop and the resulting current den-
sity. Costs were based on a 30-year equipment and ten-year
electrochemical stack lifetime, and fourth-quarter 1996 dol-
lars.

A 500-MW power plant burning South Hlinois coal (Shan-
non, 1982) with 3.5% S with a boiler efficiency of 35% and
20% excess air produced a stream with about 2,900 ppm SO,
and 3.5% O,. To facilitate 90% removal, 53.43 mol SO, /s
must be removed, requiring an area of 113,244 m”. Operating
costs consisted of the cost of electricity, $0.03/kWh, at an
estimated stack voltage of 2 V; this assumes iR is controlled
to approximately 1 V. This level of ohmic polarization is far
higher than that achieved in the MCFC with similar configu-
ration (Appleby and Foulkes, 1989). A small (386/ton) credit
was taken for sulfuric acid production. A preoxidation reac-
tor ($10.6 million) and sulfuric acid production plant ($9 mil-
lion) were included in operating and capital costs (McHenry
and Winnick, 1994). The low ~ 300 ppm SO; outlet projected
from this process should not condense in the process, as pre-
heater temperatures of 230°C are well above the dew point of
165°C. (Schoubye, private communication, 1996). It is also as-
sumed that the preoxidation reactor temperature is con-
trolled to optimize SO, oxidation for the process. Inflation
was assumed to be 5% and a discount factor of 10% was
used.

Using the model, an operating current density of 210 A/m?
(23,781,401 A) using 9.5% plant power was predicted to ef-
fect 90% removal with a current efficiency of 43%, resulting
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in a levelized cost of 7.9 mill/kWh. First generation systems
may have a levelized cost of 1.8 to 2.5 times this level
(Cooper and Alley, 1994). By comparison, the NOXSO pro-
cess is listed (Black et al., 1993) as having a levelized cost of
8.5 mill/kWh and the SNOX (Borio et al,, 1993) as 7.83
mill/kWh. Because operating costs in this electrochemical
removal are dependent on electrical power consumption, if
the electrochemical system is optimized based on 100% cur-
rent efficiency, the levelized cost drops to 4.9 mill/kWh.

It is important to note that the equipment-intensive SNOX
and NOXSO processes economize on scale and sulfur con-
tent. If power plants become smaller and localized as pre-
dicted by the Department of Energy (U.S. Department of
Energy, 1992), this more modular electrochemical membrane
removal system will become far more desirable.

Conclusions

A new bench scale K,80,/V,05 molten salt electrochemi-
cal membrane system was tested for use in removing SO, from
flue gas in coal-burning power plants. At 20 A/m?, 90% re-
moval was shown with approximately 99% current efficiency
at 480°C. As the current density was increased to 100 A/m?,
65% removal was shown at 63% current efficiency at 480°C
and 72% removal with 67% current efficiency at 520°C.

For the first time, a model was developed using simple en-
gineering principles to describe the removal and current effi-
ciency in this process. This model was then used to deter-
mine the economic viability of the system.

Preliminary analysis showed that even at current perform-
ance levels, this technology is economically competitive in a
500-MW plant. However, due to the modular design of the
system, the electrochemical membrane system should com-
pete well in smaller power plants. To improve the process,
specific identification of the reactions occurring is needed.
However, with a modicum of improvement in efficiency, costs,
already lower than first-generation removal systems, should
decrease substantially.

Acknowledgment

The authors recognize the support of the Department of Energy
under Grant DE-FG22-90PC90293.

Notation

C, =concentration of component i, mol/m?
F =Faraday’s constant, 96,501 C/Eq

N, =Sherwood number

Ng. =Reynolds number
n =number of electrons in reaction, eq/mol
P, = partial pressure of component i, atm
R =gas constant, 8.314 J/mol/K
T =temperature, K

[0? ]=surface oxide concentration, mol/m*
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